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ABSTRACT

A solid oxide fuel cell (SOFC) is an electrochemical device which converts chemical
energy to electricity. It consumes hydrogen which can be converted from any sources of
hydrocarbon fuel. A renewable fuel source such as biogas is an interesting alternative for SOFC.
The feasibility in using biogas as a cheap energy resource is unexplored. This study uses biogas
as fuel supply in the SOFC system. Biogas is a mixture of methane and carbon dioxide. The
system has a fuel processing unit for removing CO,, the hydrogen production unit for converting
methane to hydrogen and the SOFC unit for producing 1 kW electrical output. The SOFC system
is investigated for the energy input and output by using computer program to make the empirical
model of the sub-unit. The SOFC system consumed very high energy for 42% of the chemical
reaction and 48% of the SOFC bundle heater. Mechanical energy input such as pump power
consumed only 10%. Moreover, there is 98% waste energy due to the heat loss. When compared
the energy consumption with the electrical output of the SOFC, it is only 2% of the overall

system. The energy output is regarded as only a small amount of energy.
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CHAPTER 1

INTRODUCTION

1.1 Significance and Background

Renewable energy sources are of widely interest nowadays such as biogas. Biogas is
produced from farm waste or domestic animals disposal. It is cheap and readily available since
Thailand is the country of agriculture. Biogas composes of methane, carbon dioxide, hydrogen
sulphide and etc. Solid Oxide Fuel Cell, or in short SOFC, is a device that consumes hydrogen
which can be derived from any forms of hydrocarbon. Thus biogas is an alternative fuel which
can be the fuel supply for SOFC. Before feeding biogas into an SOFC, biogas needs to be treated
or upgraded by fuel processing - which are CO, removal and H,S removal. These processes are
necessary for removing unwanted and toxic gases. SOFC is supplied by hydrogen, thus hydrogen
production process is needed to convert methane to hydrogen. Therefore, the major processes for
the SOFC system are; fuel processing, hydrogen production and SOFC.

SOFC is an energy conversion device which converts a gaseous fuel to electricity and heat
in the presence of an oxidant. Since SOFCs have high energy efficiency and are environmentally
friendly, they are potentially attractive in producing electricity. To study the energy for the
production of 1 kW electrical output of SOFC at the National Metal and Materials Technology
Center (MTEC), the SOFC system is developed. The main unit in the SOFC system are CO,
removal, reformer and the SOFC stack. First, Biogas is fed into the CO, removal in which CO,
will be removed by the chemical absorption process. Now, there was only methane to be
converted to hydrogen via a reforming process. Hydrogen product is supplied into the SOFC with
certain amount of heat being removed from the reformed gas to meet the temperature level as
required by the SOFC stack. Finally, the SOFC stack operates at 850-920°C and produce
electrical energy as the output. Overview of the process is shown in Figure 1.1. The study of
energy conservation is necessary. Mass and energy balance is investigated to determine the

energy input and output on sub-units and overall system.
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Figure 1.1 Flowchart of SOFC system

1.2 Objectives
To study and develop an empirical modelling of the sub-unit of the SOFC system; i) Fuel
processing system, ii) Hydrogen production system, and iii) SOFC system and to assess the

energy budget for the production of 1 kW electrical output of the SOFC.

1.3 Scopes
1.3.1 Use a computer program for the development of an empirical modelling of the sub-
unit of the SOFC system as follows;
1) CO, absorption model
2) Reformer model
3) SOFC model
1.3.2 Study the empirical modelling of the SOFC system to investigate the energy

conservation.



1.4 Expected Benefits
1.4.1 Understanding the process of the fuel processing, hydrogen production and the SOFC
unit operated in the SOFC system.
1.4.2 Capability in developing and improving the empirical model of the SOFC system on
MATLAB SIMULINK.

1.4.3 Capability in developing a mathematical model using a computer program



CHAPTER 2

LITERATURE REVIEW

In several decades, fossil fuel has significantly increased demand for electrical power
generation, although this fuel is a non-renewable energy resource. The consumption demand
makes this kind of energy almost running out. This is the reason why people look for alternative

fuel such as biofuel, biomass, biogas, hydrogen etc.

2.1 Biogas

Biogas is a renewable resource which is normally produced from waste in farm or domestic
animal. A potential of biogas production from biomass in Thailand is approximately 2,100
million m’ of biogas. (eqv. 1,040 ktoe), however only 18% of these are practical in the production
and in use. Currently, there are almost 2,300 biogas plants installed. These systems annually
produce 380 million m’ of biogas (eqv. 188 ktoe) from cassava starch wastewater (53%), pig
manure (39%) and others (8%). More than 70% of these biogas plants employ small digesters
called fixed dome technology, which is used mainly in small pig and dairy farms. Whereas,
industrial scale technologies, such as up flow anaerobic sludge blanket, anaerobic fixed film,
anaerobic covered lagoon, completely stirred tank reactor and anaerobic baffle reactor are
implemented in large animal farms and agro-industries i.e. cassava starch, distilleries, beer,

canned seafood, slaughterhouse, palm oil mill, etc. (P. Kullavanijaya et al. 2007).

2.1.1 Biogas Composition
Biogas is mainly comprised of methane and carbon dioxide as shown in Table 2.1.
Methane is the main composition of combustion fuel such as natural gas. Thus, biogas can be
used as a combustion fuel in gas engines to generate electricity. Furthermore, biogas is applied to
use with an SOFC for the utilization in SOFC, CO, and H,S have to be removed from the biogas
because CO, causes dilution of reaction and H,S has eroded SOFC. Therefore, biogas needs to be

cleaned to fulfil the requirements of SOFC.



Table 2.1 Composition of biogas

Component % by volume
Methane 60 - 65
Carbon Dioxide 30-38
Nitrogen o 2-5 )
Sulphide, Disulphide, Merceptane 2-5
Ammonia 0-10
Hydrogen 0.1-1.0
Carbon Monoxide 0-02
Other trace gases 0-02

Pollution Control Department. 2544

2.2 CO, Removal Technologies
When using biogas for SOFC, all contaminants as well as CO, need to be removed to
increase the concentration of hydrogen in the reforming process. There are several methods for

removing CO,

2.2.1 Water Absorption

Water is the most common solvent in which case the process is called water
scrubbing. The absorption process is purely physical. Biogas is pressurised and fed to the bottom
of a packed column while water is fed on the top as shown in Figure 2.1. The absorption process
is designed for a counter flow pattern. The column is filled with packing to create a large surface
between gas and liquid. CO, as well as H,S are more soluble in water than methane. The biogas
which is brought out from the top of the column..is enriched in methane and saturated with water.
To reduce the water vapour the biogas needs to be dried. The water which exits the column with

absorbed CO, can be regenerated and re-circulated back to the absorption column.
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Figure 2.1 Diagram of venture scrubber-packed absorber combination system

Croll-Reynolds CO., Inc (Gas Purification, 5" ed.)

There are two types of water scrubbing (Wahyudin, W. 2007):
i) Single pass scrubbing
In a single pass scrubbing, the washing water is used only once. The advantage of
this type of scrubbing is that no contamination in the water occurs like traces of H,S and CO,,.
This gives the total amount of CO, and H,S at its maximum. The disadvantage of this technique
is that it requires a large amount of water. This technique is only feasible when working near a

sewer water cleaning plant from which water can be used.



ii) Regenerative absorption
In a regenerative absorption, the washing water is regenerated after washing the
biogas as shown in Figure 2.2. The main advantage of this technique is that the total amount of

water required is much lower compared to a single pass scrubbing.

CH, + Water

Exhaust

Air

Release Tank

Input
Separator
'_(-':ocnml’:essor

Blogas e :

Figure 2.2 Diagram of high pressure water scrubbing (J. de Hullu, et al. 2008)

The use of water as an absorbent offers the advantages as the following (Gas
Purification, 5" ed.).
1) Simple plant design
2) No heat load
3) Inexpensive solvent
4) Solvent not reactive with O, and other possible trace constituents
The principal disadvantages of the water-wash process are (Gas Purification, 5" ed.)
1) Requires a large volume of water that must be purified and recycled
2) Substantial loss of hydrogen or other valuable constituents of the gas stream
3) Very high pumping load
4) Poor CO, removal efficiency
In view of these disadvantages, the water-wash process is rarely used today for

carbon dioxide removal.



2.2.2 Cryogenic Separation

Methane has a boiling point of -160°C at atmospheric pressure whereas carbon
dioxide has a boiling point of -78°C. This means that carbon dioxide can be separated from
biogas as a liquid by cooling the gas mixture at elevated pressure. Methane can be taken out in
gas or liquid phase, depending on how the system is constructed. When methane is condensed,
nitrogen which has an even lower boiling point is separated and t'his is an advantage when
dealing with landfilled gas. The separated carbon dioxide is clean and can be sold. To avoid
freezing and other problems in the cryogenic process, water and hydrogen sulphide need to be
pre-separated. The principle of cryogenic separation is that biogas is compressed and then cooled
by heat exchangers followed by an expansion step for instance in an expansion turbine. The
cooling and the expansion cause the carbon dioxide to condense. Compression as well as chilling
can be done in several steps. After carbon dioxide has been removed as a liquid, the gas can be

cooled further to condense the methane.

Blogas
25C
1 bar
37%CH,
58 % CO,

0,
5 % other Recirculation of product stream as cooling agent
__________________________________________________ .

-70C 207 °C -10°C 64°C -10°C
1 bar 21 bar 21 ber 40 bar @ 40 bar
: Compressor Cooler Comprassor Cooler
1 Distiilation Column
1

Product Waste
91 % CH, : 0.6 % CH,
8%N, 98 % CO,

Figure 2.3 Cryogenic separation of biogas (J. de Hullu, et al. 2008)

Among the existing techniques for biogas upgrading, cryogenic separation of impurities
from biogas is still in the early stage of research and development. J. de Hullu, et al. (2008)
investigated the feasibility of this technique. In the first designing steps, the focus has been on the
separation under low temperature and high pressure. When the desired purity of the upgraded gas

is achieved, the design of the cooling and compressing unit in this technique can be continued.



Finally, these two models for compressing and separating of biogas, is put together to achieve the

final separation model which is shown in Figure 2.3.

2.2.3 Membrane Separation

Biogas can be separated between methane and carbon fiioxide using a membrane
separation technology. CH, and CO, are different in particle size. The principle is that some
components of the raw gas could be transported through a thin membrane (<1 mm) while others
are retained. The transportation of each component is driven by the difference in partial pressure
over the membrane and is highly dependent on the permeability of the component in the
membrane material.

Wellinger and Lingberg (1999) described two basic systems of gas scrubbing with
membranes: a high pressure gas separation with gas phases on both sides of the membrane and a
low pressure gas liquid absorption on separation where a liquid absorbs the molecule diffusing
through the membrane. The high pressure gas separation membranes can last up to 3 years which
is comparable to the life time of membranes used for natural gas purification.

J. de Hullu, et al. (2008) had investigated the membrane separator. A major
disadvantage of this technique is the low methane yield. The waste gas still contains CH, which
is highly polluting. A use of a multistage setup also increases the yield. Positive results have been

found using an internally staged permeator as shown in Figure 2.4.

CO, (+ H,S)
+10 ~15 % CH,

T

I

Membrane separator

—» > 78 % CH,

Compressor

> CO,(+ H,S)

——»>90 % CH,

internally staged

Figure 2.4 Diagram of an internally staged membrane separator (J. de Hullu, et al. 2008)
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2.2.4 Carbon Molecular Sieves

The carbon molecular sieve method uses differential adsorption characteristics to
separate CH, and CO,. This adsorption is carried out at high pressure and is also known as
“pressure swing adsorption (PSA)”. For this process to be successful, H,S should be removed
before the adsorption process.

The process requires dry gas. Water vapour is usually condensed in a cooler. H,S
needs to be pre-separated before the gas is fed into the bottom of the adsorption vessel. This is
done by using an additional tank of activated carbon. Usually when its surface is saturated with
hydrogen sulphide, the material is exchanged. An addition of air to the biogas stream can extend
the lifetime of the sulphide removal unit. However, it bares the risk if there are traces of oxygen
in the upgraded biogas. In the pressurized vessels, carbon dioxide is adsorbed. The gas leaving
from the top of the vessel is enriched with methane. When the material in the vessel is saturated,
biogas is led to a new vessel. There are several (most often four) vessels linked together to create
a continuous operation and to reduce the energy needed for gas compression as shown in Figure
2.5. Regeneration of the saturated vessel is achieved through stepwise depressurization. First, the
pressure is reduced through linking the vessel with an already regenerated vessel. Then the
pressure is reduced to almost atmospheric pressure. The gas relegsed in this step contains
significant amounts of methane and is therefore recycled to the gas inlet (Wellinger and

Lingberg. 1999).

upgraded biogas

% iy

(CH)

Condensation
Compressor Cooler

4-bed
adsorber

Biogas

>

Vacuum pump

__,f's;:
\
. f
1

CH JCO,-Seperation

Figure 2.5 Diagram of flow sheet for upgrading of biogas to vehicle fuel standards with carbon

molecular sieves (Wellinger and Lingberg. 1999)
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Finally, the vessel is completely evacuated using a vacuum pump. The gas that leaves
the vessel in this step mainly consists of carbon dioxide which is in one system released to the
atmosphere. In another system, it is burned in a bumer designed for low calorie gases. In the first
system, more upgraded biogas is produced whereas the second system needs less absorber

surface and has no methane slip to the atmosphere.

2.2.5 Chemical Process
Chemical absorption involves a formation of reversible chemical bonds between the
solute and the solvent. A regeneration of the solvent therefore, involves breaking of these bonds
and correspondingly, a relatively high energy input. Chemical solvents generally employ either
aqueous solution of amines, i.e. mono-, di- or tri-ethanolamine or aqueous solution of alkaline

salts, i.e. sodium, potassium and calcium hydroxides.

2.2.5.1 Chemical Absorption with Alkanolamine
The basic flow arrangement for all alkanolamine acid-gas absorption-
process systems is shown in Figure 2.6. Gas to be purified is passed upward through the absorber,
countercurrent to a stream of the solution. The rich solution from the bottom of the absorber is
heated by heat exchange with lean solution from the bottom of tﬁe stripping column and is then

fed to the stripping column at some point near the top.
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Figure 2.6 Basic flow scheme for alkanolamine acid gas removal processes

(Gas Purification, 5" ed.)

In units treating sour hydrocarbon gases at high pressure, it is customary to
flash the rich solution in a flash drum maintained at an intermediate pressure to remove dissolved
and entrained hydrocarbons before acid gas stripping. When heavy hydrocarbons condense from
the gas stream in the absorber, the flash drum may be used to skim off liquid hydrocarbons as
well as to remove dissolved gases. The flashed gas is often used locally as a fuel.

Lean solution from the stripper, after partial cooling in the lean-to-rich
solution heat exchanger, is further cooled by heat exchange with water or air, and fed into the top
of the absorber to complete the cycle. Acid gas that is removed from the solution in the stripping
column is cooled to condense a major portion of the water vapor. This condensate is continually
fed back to the system to prevent the amine solution from becoming progressively more
concentrated. Generally, all of this water, or a major portion of it, is fed back to the top of the
stripping column at a point above the rich-solution feed and serves to absorb and return amine
vapors carried by the acid gas stream.

A. Lawal et al. (2009) described one of the popular technologies proposed
for post combustion capture as shown in Figure 2.7. The facility consists of two main units the

absorber and stripper columns which are both packed columns. Flue gas from the power plant is
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contacted counter-currently with lean MEA solution in the absorber. MEA chemically absorbs
CO, in the flue gas. This leaves a treated gas stream of lower CO, content. The solvent solution
(now rich MEA) is regenerated in the stripper column using steam derived from the power
generation process. CO, from the top of the column is compressed and transported away while

the lean (regenerated) MEA solution is returned to the absorber column to complete the cycle.

Treated Gas Condenser
Lean MEA CO; to
solution compression

\

)

Absorber Stripper

CONNN\

Flue Gas
from power Reboiler
plant
Rich MEA Heat
solution Exchanger
Steam
power plant

Figure 2.7 Simplified process flow diagram of chemical absorption process for post combustion -

capture (A. Lawal et al. 2009)

2.2.5.2 Chemical Absorption with Alkaline Salt Solutions

The processes employ an aqueous solution of salt containing sodium or
potassium as the cation with an anion. There are many processes which have been developed on
salts to absorb CO,. The mechanisms of these processes require knowledge of the reaction path
and rate as well as liquid phase physical properties.

The chemical reaction of absorbed carbon dioxide with alkaline carbonate
solutions takes place through two parallel mechanisms: (1) direct formation of HCO, by reaction
of CO, with the hydroxyl ion and (2) reaction of CO, with water followed by dissociation of
carbonic acid. According to Astarita et al. (1981), the predominant mechanism at pH > 10

involves the direct reaction of dissolved CO, with OH:
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CO, + OH- = HCOy (fast) 2.1
HCOj5 + OH =CO;™ + H,O (instantaneous) 2.2)

At pH < 8 the principal mechanism is based on the hydration of dissolved

CO, to form carbonic acid followed by reaction of the carbonic acid with OH:

C02 + HzO = H2C03 (SlOW) (23)
H,CO; + OH = HCOjs + H,0O (instantaneous) 2.4)

In the pH range of interest for commercial operations, pH > 8, the
mechanism involving the direct reaction of carbon dioxide to form bicarbonate ions predominates
(Astarita et al. 1981).

C. Fleischer et al. (1996) detailed the chemical absorption of carbon dioxide
into an aqueous solution of sodium hydroxide in bubble column. At high sodium hydroxide
concentration, the reaction is so fast that CO, bubbles are dissolved completely during their rise

and a significant change of gas hold-up occurs over the reactor height.
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Figure 2.8 Experimental setup of the chemical absorption of CO, into NaOH. The bubble column

can be operated with or without the external circulation loop (C. Fleischer et al. 1996)

In Figure 2.8, the reactor is operated in batch mode with respect to the
liquid phase. The progress is measured by recording the temperature, the pH-value and the
conductivity at different reactor heights. The hydrodynamic investigations of the bubble flow are
limited to visual observation and measurement of the integral gas hold-up. The reaction gas has a
purity of 99.99 %. The feed gas is saturated with water and kept at constant 25°C. The gas flow is
controlled with a calibrated rotameter. In some experiments, nitrogen is added to the feed gas as
an inert gas component. The effluent gas flow and its carbon dioxide concentration are measured
continuously using a flow-meter and an IR gas analyzer.

The chemical absorption with salt solution has a simple plant design. The

operation mechanism is similar to a water absorption. Salt solution is also cheap and has high
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ability to absorb CO,. In addition, research and development of this kind of technology is applied

in the industrial field extensively.

2.3 Hydrogen production

Hydrogen is very rare in the Earth's atmosphere (1 ppm by volume) because of its light
weight, which enables it to escape from Earth's gravity. However, hydrogen is still the third most
abundant element on the Earth's crust (Argonne National Laboratory. 2003). Most of the Earth's
hydrogen is in the form of chemical compounds such as hydrocarbons and water. Thus all
hydrogen production processes are based on the separation of hydrogen from hydrogen-
containing feedstock. The feed stock dictates the selection of the separation methods. In this
chapter, two main methods are proposed to separate hydrogen from the feedstock, those of which
are thermo-chemical and biological methods. The comparison of various hydrogen production

technologies based on three main methods is summarized in Table 2.2.

Table 2.2 Current technology of hydrogen production

Status of current | Efficiency | Cost relative
Process
technology (%) to SMR

Thermo-chemical process

- Grid electrolysis of water R&D 27 3-10

- High-temp. electrolysis of steam R&D 41-61 -

(100-800 °C)

- Methanol electrolysis R&D - -

- Steam methane reforming (SMR) Mature 70-80 1

- Partial oxidation of methane Mature 70 1.8
Biological process

- Photo-biological Early R&D <1 -

T-Raissi and Block. (2004) .

From Table 2.2, the most interesting process is Steam Methane Reforming (SMR) because

this technology is already mature in terms of research and development. Furthermore, it provides
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the highest efficiency and the cheapest process when compared with others. However, the details

and advantages of each process are described in the following section.

2.3.1 Thermo-chemical Method
2.3.1.1 Electrolysis process
Water electrolysis
This process produces high-purity hydrogen as high as 99.7% (Austin. 1984).
The process can be performed by passing direct electric current through an aqueous solution of
alkaline and decomposing the water to hydrogen and oxygen as shown in Figure 2.9. The

involved reactions are indicated in Reactions (2.5) to (2.6).

Anode + Cathode -

Figure 2.9 Basic configurations of water electrolysis

Cathode (reduction) 4H g+ 4€ — 2Hyy (2.5)
Anode (oxidation) 2H20(1) —> Oz(g) + 4H' ag) T 4e (2.6)
Overall reaction 2H20(1) - 2H2(g) + Oz(g) (27)

From Figure 2.9, the black dots are hydrogen bubble generated at the anode
of the cell because molecules of water receive electron and decompose to hydrogen and

hydroxide ion as indicated in Reaction (2.5). Generated oxygen is the white dot produced at the

718995
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cathode as indicated in Reaction (2.6). Water decomposes to proton, oxygen and gives off four
electrons.

The water electrolysis process is divided into two types, low temperature and
high temperature processes operating at 333-343 K and 373-1123 K, respectively. The efficiency
of these processes are about 32% for low temperature (Austin. 1984), and 41-61 % for high
temperature. '

The advantage of water electrolysis is CO,-free process because the reactant
involves water only and it contains no carbon in its molecule. Unfortunately, the main

disadvantage of this method is its low energy efficiency.

e electrolysis

The major cost to produce hydrogen by water electrolysis method is electrical
energy and oxygen produced from the process is not so valuable. An alternative way to reduce
energy consumption in electrolytic process is to use methanol solution. The main reason is that an
operating voltage of methanol electrolysis process is lower than water electrolysis process for
about three times. It is about 0.3 volt for methanol and higher than 1.4 volt for water (Jeffries-
Nakamura et al. 2002). The electrical energy used in methanol electrolysis is less than a half of
water electrolysis in producing a given amount of hydrogen so the efficiency of methanol process
is three times higher than the water electrolysis process (NASA Tech Briefs. 1999). A schematic
diagram of an apparatus for methanol electrolysis process is shown in Figure 2.10 and

corresponding reactions are indicated as follows:
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Figure 2.10 Schematic diagrams of methanol electrolysis apparatus

(NASA Tech Briefs. 1999)

Anode CH;OH + H,0 — CO; + 6H" + 6¢ (2.8)
Cathode 6H" + 6¢ — 3H, 2.9
" Overall CH;0H + H,0 — CO, + 3H, (2.10)

These reactions can be done at the temperature between 278 - 393 K. At the
anode, methanol reacts with water to give off hydrogen ions and carbon dioxide, which can be
further separated and purified to be a valuable product. The proton was conducted through the
membrane to the cathode and combine with electron to give hydrogen.

In current technology, some of methanol and water are allowed to crossover
the membrane from the side of solution to the side of hydrogen production (Jeffries - Nakamura
et al. 2002). With this technology, methanol and water have to be removed to purify the produced

hydrogen.
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2.3.1.2 Steam Methane Reforming (SMR) process

Steam methane reforming converts methane to synthesis gas consisting
mainly of CO and H,. The conventional feed stocks for this process are natural gas or biogas.
This is one of the most common methods for producing commercial bulk hydrogen as well as the
hydrogen used in industrial synthesis of ammonia. It is the least expensive method (W. Crabtree
et al. 2004). Steam reacts with methane to yield carbon monoxide an;i hydrogen as indicated in
Reaction (2.11) (Hoang et al. 2005) at high temperature of 973-1373 K and in the presence of a
nickel-based catalyst. Then, the water-gas shift reaction further takes place to convert CO into H,
as indicated in Reaction (2.12). The Enthalpy changes as indicated in Reactions (2.11) to (2.13)

were calculated at standard temperature of 298 K (Xu and Froment. 1989).

SMR CH, + H,0 - CO + 3H, AH = +206.1 kJ/mol CH, 2.11)
Water-gas shift CO+ H,O -»CO; + H, AH = -41.15 kJ/mol CO (2.12)
Overall CH, + 2H,0 - CO; + 4H, AH = +165.0 kJ/mol CH, (2.13)

From the heat of overall reaction as indicated in Reaction (2.13), the
SMR reaction is an endothermic reaction. Then, this process requires extensive amount of heat
from an external source to sustain the operating temperature of the reaction. To reduce the
external heat requirement, a limited amount of oxygen is added to the steam methane reformer.
Oxygen reacts with methane to yield CO, H,O and heat. This reaction is called partial oxidation
of methane. The process involves steam methane reforming and partial oxidation of methane are

described in the next part.

2.3.1.3 Partial oxidation process or autothermal reforming
From an energy intensity process, SMR, the partial oxidation process is
conducted to ov'ercome external heat supplied by introducing limited amount of oxygen to
methane and steam. A combustion of oxygen and some of methane in the reactor generates heat
to supply SMR and water-gas shift reaction. Because of limited amount of oxygen, it reacts with
methane yielding synthesis gas while carbon monoxide is converted to carbon dioxide and

hydrogen by a water-gas shift reaction.
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Total combustion CH, + 20, - CO, + 2H,0 AH = -802 kJ/mol CH, 2.19)
Partial oxidation CH, +30;, - CO + 2H, AH = -36 kJ/mol CH, (2.15)

A large amount of heat produced by exothermic reactions (Equations (2.14)
and (2.15)) is high enough to sustain the amount of heat consumed by endothermic reactions of
SMR process (Equation (2.13)). The overall heat of reaction for SMR and partial oxidation
reaction is still exothermic reaction then the excess heat can be recovered by preheating the feed
stock. The drawback of this partial oxidation process is the lower yield of hydrogen as oxygen
comes from air so hydrogen that comes out from this reactor is diluted with nitrogen.

The difference between partial oxidation process and auto-thermal process is
that the partial oxidation (PO) uses oxygen to react with methane to achieve H, and CO. Catalytic
partial oxidation (CPO) is used to permit partial combustion reaction which occur at lower
temperature to produce synthesis gas. This process operates at low steam/carbon ratio (S/C from
0 to 1) and gives H,/CO ratio in a range of 1.6 to 1 in the production of synthesis gas (Halabi et
al. 2008). In contrast, auto-thermal reforming (ATR) uses a bumner followed by a catalyst bed
with methane, steam and oxygen to produce synthesis gas with higher H, to CO ratios of 2 to 1

and it operates at relatively higher steam load (S/C > 1).

2.3.2 Biological Hydrogen production process

The thermo-chemical process requires extensive amount of energy from fossil fuel to
produce hydrogen. However, to make hydrogen fully renewable energy, it requires a method
which does not require energy intensively to produce hydrogen. A biological method is the
method that produces hydrogen by some types of anaerobic metabolism and is produced by
several microorganisms, usually via reactions catalyzed by iron- or nickel-containing enzymes in
the microorganisms. Most of this process can operate at room temperature and atmospheric
pressure, therefore; it meeds less energy than the thermo-chemical process. Furthermore,
hydrogen production by biological method uses waste materials as a feedstock such as
agricultural waste or waste water. From this method, it is a new option to produce hydrogen as a
fully renewable energy.

The biological hydrogen production process can be classified into three mechanisms,

first is the lighting process which occur by light and enzyme called hydrogenase, such as,
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biophotolysis process of water by algae and cyanobacteria, or nitrogenase in photo-fermentation
of organic substrate and water by photosynthesis bacteria. The second is the dark fermentation
process. Hydrogen is produced without lighting. The third is a combined system between
photosynthetic and fermentation of bacteria by separating the system into two stages. The first
stage is fermentation by which organic waste is fermented to organic acid. The second stage is
photolysis process to convert organic acid to hydrogen. An advantage ‘of the combined system is
a reduction of light energy demand in photolysis process but increasing in hydrogen production.

However, the disadvantage of the biological hydrogen production process is low
efficiency, theoretically maximum hydrogen yield is up to 40%. However, in practice the
efficiency is less than 10% (Esper et al. 2006).

From many kinds of hydrogen production technologies discussed above, the steam-
methane reforming process is the cost effective process. It provides the highest efficiency and
less complicated system than partial oxidation process. Therefore, the steam methane reforming
process is an incentive technology to produce hydrogen where methane-containing gas is
supplied such as natural gas and biogas.

In Thailand, biogas is more suitable fuel to power fuel cell than natural gas. The
reason is that biogas is a renewable energy resource and it can be produced by anaerobic
fermentation of agricultural waste such as cassava root and bagasse which are available in
Thailand. The biogas mainly contains methane (~60%), carbon dioxide (~40%) and a trace

amount of H,S (~2000 ppm).

2.4 Fuel Cells

A fuel cell is an energy conversion device which converts a gaseous fuel to electricity and
heat in the presence of an oxidant. Because fuel cells have high energy efficiency and are
environmentally friendly, they are potentially attractive in producing electricity. Moreover, they
can be operated in a flexible and modular design since they do not suffer appreciably from
problems of lubrication, wear, leakage and heat loss, which affect the reliability of traditional
heat engines (Hirschenhofer et al. 1998).

The fuel cell was invented in 1839 by Sir William Grove (Grove. 1839); however, the first
real application was in the NASA space program on-board Apollo spacecraft in the 1960s when it

was used to produce electricity and a by product as drinking water (UTC).
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A fuel cell consists of an electrolyte sandwiched between two electrodes, called cathode and
anode where the electrochemical reactions take place. The electro catalytic oxidation of hydrogen
at the anode and the reduction of oxygen at the cathode create a potential difference between
these electrodes. This can be exploited if a gas-tight electrolyte between the electrodes allows for
jonic mass and charge transport. In an actual application, fuel cells are connected in series to
obtain a greater output potential. An interconnect plate is alwayé installed to provide the
electronic contact between the anode of one cell to the cathode of the adjacent cell
(Hirschenhofer et al. 1998).

Although the operational principles of a fuel cell are similar to those of a typical primary
battery, they differ in several aspects. A battery is an energy storage device and the amount of
energy available is determined by the amount of chemical reactant stored within the battery itself.
The electrical energy produced decreases as the chemical reactant is consumed. A fuel cell, in
contrast, can produce electrical energy continuously at a constant rate as long as the fuel and

oxidant are supplied.

2.4.1 Types of Fuel Cells
Fuel cells are classified by the types of electrolyte. The characteristics of chemical
reactions which occur in the fuel cell, the kind of catalysts required, the operating temperature
range, the fuel and the oxidizing agent required, affect the applications for which these cells are

most suitable. Some of the popular fuel cells and their characteristics are listed in Table 2.3.



Table 2.3 Types of fuel cells (Fuel cell handbook 4" ed.)
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Fuel Charge | Operating Electric
Electrolyte Fuel : Application
cell type carrier temp. efficiency
<5kW
AFC KOH OH" 60 -120°C Pure H, 35-55% military,
space
Pure H,, 5-250kW
PEMFC | Solid polymer H* 50 - 100°C tolerates 35-45% automotive,
CO, portable CHP
. CH,OH, mobile
DMFC | Solid polymer H* 50-250C 35-45%
C,H,OH, application
Phosphoric . Pure H,,
PAFC H* ~220C 40% 200kW CHP
acid tolerates CO,
Lithium 200kW-MW
. H,, CO, CH,,
MCFC | andpotassium | CO} | ~650°C >50% CHP and
tolerates CO,
carbonate stand alone
Yittria, 2kW-MW
H,, CO,CH,,
SOFC stabilized 0 ~1000°C >50% CHP and
tolerates CO,
Zirconia stand alone

2.4.1.1 Alkaline Fuel Cells (AFCs)

An Alkaline fuel cell (AFC) is the first type used on spacecraft to produce

electrical energy and water. The electrolyte is a solution of potassium hydroxide in water. A

variety of non-precious metals can be used as a catalyst at both the anode and cathode. High-

temperature AFC operates at temperatures between 100°C and 250°C. However, recent designs

of AFC operate at lower temperatures of roughly 23°C to 70°C.
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Figure 2.11 Alkaline fuel cell diagram (U.S. Department of Energy. 2008)

The chemical reactions which occur in the cell are responsible for high
performance of AFC. They have also demonstrated efficiencies close to 60% in thekspace
applications.

The disadvantage of this fuel cell type is that it is easily poisoned by carbon
dioxide. In fact, even a small amount of CO, in air affect this cell operation, making it necessary
to purify both hydrogen and oxygen used in the cell. This purification process is costly.
Susceptibility to poisoning also affects the cell's lifetime, further adding to the cost.

Cost is less of a factor for remote locations, such as space or under the sea.
However, to effectively compete in most mainstream commercial markets, these fuel cells will
have to become more cost-effective. AFC stacks have been shown to maintain sufficiently stable
operation for more than 8,000 operating hours. To be economically viable in large-scale utility
applications, these fuel cells need to reach operating times exceeding 40,000 hours, something
that has not yet been achieved due to material durability issues. This obstacle is possibly the most

significant in commercializing this fuel cell technology.

2.4.1.2 Polymer Electrolyte Fuel Cell (PEFC)
Polymer electrolyte fuel cell or proton exchange membrane fuel cell
(PEMFC) delivers a high-power density and offers advantages of low weight and volume,
compared with other fuel cells. PEM fuel cells use a solid polymer as an electrolyte and porous

carbon electrodes containing platinum catalyst. They need only hydrogen, oxygen from air, and
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water to operate and do not require corrosive fluids like other fuel cells. They are typically fueled
with pure hydrogen supplied from storage tanks or on-board reformers. For a system efficiency, a
small 30 kW AC power plants will likely be 35% fuel to electricity efficient, 200 kW units 40%
and large units 45% (Ben Wiens. 2008).

PEM FUEL CELL
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Fuel Heat Qut
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Electrolyte

Figure 2.12 Polymer electrolyte membrane fuel cell (U.S. Department of Energy. 2008)

Polymer electrolyte fuel cells operate at relatively low temperatures, around
80°C. Low-temperature operation allows them to start quickly (less warm-up time) and results in
less wear on system components, resulting in better durability. However, due to its operation at
low temperature, it requires a noble-metal catalyst (typically platinum). The platinum catalyst is
also extremely sensitive to carbon monoxide (CO) poisoning, making it necessary to employ an
additional reactor to reduce CO in the fuel gas if hydrogen is derived from alcohol or
hydrocarbon fuel. This also adds to cost. Developers are currently exploring platinum/ruthenium
catalysts which are more resistant to CO.

PEMFCs are used primarily for transportation applications and some
stationary applications. Due to their fast start-up time, low sensitivity to orientation, and
favourable power-to-weight ratio, PEMFCs are particularly suitable for use in passenger vehicles,
such as cars and buses.

A significant barrier in using these fuel cells in vehicles is hydrogen storage.
Most fuel cell vehicles (FCVs) powered by pure hydrogen must store hydrogen on-board as a

compressed gas in pressurized tanks. Due to the low-energy density of hydrogen, it is difficult to
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store enough hydrogen on-board to allow vehicles to travel the same distance as gasoline-
powered vehicles before refuelling, typically 300400 miles. Higher-density liquid fuels, such as
methanol, ethanol, natural gas, liquefied petroleum gas, and gasoline, can be used as a fuel, but
the vehicles must have an on-board fuel processor to reform them to hydrogen. This requirement
increases costs and maintenance. The reformer also releases carbon dioxide, though less than that

emitted from current gasoline-powered engines.

2.4.1.3 Direct Methanol Fuel Cell (DMFC)

Most fuel cells are powered by hydrogen, which can be fed to the fuel cell
system directly or can be generated within the fuel cell system by reforming hydrogen-rich fuels
such as methanol, ethanol, and hydrocarbon fuels. However, direct methanol fuel cells are
powered by pure methanol, which is mixed with steam and fed directly to the fuel cell anode.

Direct methanol fuel cells do not have many of the fuel storage problems
typical of some fuel cells because methanol has a higher energy density than hydrogen though
less than gasoline or diesel fuel. Methanol is also easier to be transported and supplied to public
using our current infrastructure because it is liquid, like gasoline.

Direct methanol fuel cell technology is relatively new compared with other

types of fuel cells powered by pure hydrogen.

Carbon Water
dioxide vapour
Methanol v

B A

Water

Figure 2.13 Direct methanol fuel cell (www.sfc.com 2009)
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2.4.1.4 Phosphoric Acid Fuel Cell (PAFC)
Phosphoric acid fuel cells use phosphoric acid as an electrolyte, in which the
acid is contained in a Teflon-bonded silicon carbide matrix, and porous carbon electrodes

containing a platinum catalyst.

PAFC FUEL CELL
Electrical Current

Anodd

Electrolyte
Figure 2.14 Phosphoric acid fuel cell (U.S. Department of Energy. 2008)

The phosphoric acid fuel cell (PAFC) is considered the “first generation” of
modern fuel cells. This type of fuel cell is typically used for stationary power generation, but
some PAFCs have been used to power large vehicles such as city buses.

PAFCs are more tolerant to impurities in fossil fuels that have been reformed
to hydrogen than PEMFCs, which are easily “poisoned” by carbon monoxide because carbon
monoxide binds to the platinum catalyst at the anode, hence decreasing the fuel cell's efficiency.
They are 85% efficient when used for the co-generation of electricity and heat but less efficient
when generating electricity alone (37%—42%). This is only slightly more efficient than
combustion-based power plants, which is typically operated at 33%-35% efficiency. PAFCs are
also less powerful than other fuel cells, given the same weight and volume. As a result, these fuel
cells are typically large and heavy. PAFCs are also expensive. Like PEM fuel cells, PAFCs

require an expensive platinum catalyst, which raises the cost of the fuel cell.
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2.4.1.5Molten Carbonate Fuel Cell (MCFC)

Molten carbonate fuel cells are currently being developed for natural gas and
coal-based power plants for electric utility, industrial, and military applications. MCFCs are high-
temperature fuel cells which use an electrolyte composed of a molten carbonate salt mixture
suspended in a porous, chemically inert ceramic lithium aluminium oxide (LiAlO,)
matrix. Because they operate at extremely high temperatures of 650°é and above, non-precious
metals can be used as catalysts at the anode and cathode, thus reducing the costs.

Improved efficiency is another reason why MCFCs offer significant cost
reductions over phosphoric acid fuel cells. Molten carbonate fuel cells can reach efficiencies
approaching 60%, considerably higher than the 37%42% efficiencies of a phosphoric acid fuel
cell plant. When the waste heat is captured and used, the overall fuel efficiencies can be as high
as 85%.

Unlike alkaline, phosphoric acid, and polymer electrolyte fuel cells, MCFCs
do not require an external reformer to convert more energy-dense fuels to hydrogen. Due to the
high temperatures at which MCFCs operate, these fuels are converted to hydrogen within the fuel

cell itself by a process called internal reforming, which also reduces cost.

MOLTEN CARBONATE FUEL CELL
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Figure 2.15 Molten carbonate fuel cell (U.S. Department of Energy. 2008)

Molten carbonate fuel cells are not prone to carbon monoxide or carbon

dioxide poisoning, they can even use carbon monoxides as a fuel, making them more attractive
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for fuelling with gases made from coal. Because they are more resistant to impurities than other
fuel cell types, scientists believe that they could even be capable of internal reforming of coal,
assuming they can be made resistant to impurities such as sﬁlphur and particulates that result
from converting coal, a dirtier fossil fuel source than many others, into hydrogen.

The primary disadvantage of current MCFC technology is durability. The
high temperatures at which these cells operate and the corrosive e‘lectrolyte used accelerate
component breakdown and corrosion, decreasing the cell life. Scientists are currently exploring
corrosion-resistant materials for components as well as fuel cell designs which increase the cell

life without decreasing the performance.

2.4.1.6 Solid Oxide Fuel Cell (SOFC)

Solid oxide fuel cells use a non-porous ceramic compound as the electrolyte.
Because the electrolyte is solid, the cells do not have to be constructed in the plate-like
configuration typical of other fuel cell types. SOFCs are expected to be around 50% - 60%
efficient in converting fuel to electricity. In applications designed to capture and utilize the
system’s waste heat (co-generation), the overall fuel efficiencies could top 80%—85%.

SOFCs are also the most sulphur-resistant fuel cell type. They can tolerate
several orders of magnitude of sulphur than other cell types. In addition, they are not poisoned by
CO, which can even be used as a fuel (K. Sasaki. 2002 ; R. Suwanwarangkul. 2006) by using an
internal reforming process. This property allows SOFCs to use gases from various hydrocarbon
fuels such as natural gas, biogas, methanol and ethanol. However, these fuels must be reformed
or gasified to produce synthesis gas mainly composing of H, and CO prior to entering an SOFC

to increase the cell’s efficiency.
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Figure 2.16 Solid oxide fuel cell (U.S. Department of Energy. 2008)

Solid oxide fuel cells operate at very high temperature around 1000°C. High-
temperature operation removes the need for precious-metal catalyst, thereby reducing cost. It also
allows SOFCs to reform fuels internally, which enables the use of a variety of fuels and reduces
the cost associated with adding a reformer to the system. Another advantage of high operating
temperature is some of high temperature waste gases can be fed back to the system.

High-temperature operation has disadvantages. It results in a slow start up
and requires significant thermal shielding to maintain heat and protect personnel, which may be
acceptable for utility applications but not for transportation and small portable applications. The
high operating temperatures also place stringent durability requirements on materials. The
development of low-cost materials with high durability at the cell operating temperatures is the
key technical challenge facing this technology.

Researchers are currently exploring the potential for developing lower-
temperature SOFC operating below 800°C which are more durable and less costly. However, a

lower-temperature SOFC produces less electrical power.
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2.5 SOFC System Model

S.H. Chan et al. (2002) studied on SOFC power system fed by hydrogen and methane. The
simulation program developed consisted of two mathematical models which are H,-fed and CH,-
fed SOFC system. They were written in Visual Basic. The H,-fed SOFC system is comprised of
two pre-heaters, a SOFC stack and an afterburner as shown in Figure 2.17. The CH,-fed SOFC
system incorporated a mixer, a vaporizer, two pre-heaters, an external reformer, a SOFC stack

and an afterburner as shown in Figure 2.18.
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Figure 2.17 H,-fed fuel cell system (S.H. Chan et al. 2002)
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Figure 2.18 CH,-fed fuel cell system (S.H. Chan et al. 2002)
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This system based on thermodynamic modelling of the SOFC by analysis of the energy and
exergy of the SOFC power system as shown in Equation (2.16). This study focused on physical
and chemical exergies Equation (2.17) where subscript n refers to the state points of a system, “ °

refers to environment condition, H is the enthalpy, and S the entropy.

Exergy = Eginetic + Epotentiat + Epnysical + Echemical (2.16)

Ephysical = Echemical = (Hn - Ha) - To (Sn - So) (2-17)

The electrochemical model considers the effect on the SOFC performance associated with
heat loss and electrical energy output of the SOFC stack. The heat exchanger model was used to
model the preheaters in fuel cell systems.

The simulation results showed the efficiency of H,-fed system is 50.97 and 52.28% of the
first and second law, respectively. For the CH,-fed system are 62.19 and 59.96%. The waste heat

was recovered for pre-heating the fuel and air in both system.

J. Van herle et al. (2003) studied on a small cogeneration system based on a SOFC fed on
biogas. The model of this system based on the energy balance analysis. A diagram in Figure 2.19
shows the process flow model, O represented exchanged heating power and W represent
mechanical or electrical power. The composition of biogas is 60%CH, and 40%CO, by volume

mixed with air in a 1:1 ratio for the partial oxidation reforming (POX).
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Figure 2.19 Process flow diagram of the considered SOFC system fed on biogas mixtures (J. Van

herle et al. 2003)

A model stack was calculated to deliver 3.1 kW electrical and 5.16 kW thermal from an

input of 8.95 kW LHV of biogas. The efficiency of this system is 33.8% and 57.6% electrical and

cogeneration thermal efficiency, respectively.

J. Van herle et al. (2004) modelled a 100 kW SOFC system running on sewage biogas. Real
data of sewage biogas adopted into the model. Biogas composition is 63%CH,, 35%C0,, 0.5%air

and 1.5%H,0. This system is comprised of reformer, SOFC stack and afterburner as shown in

Figure 2.20. It is similar to J. Van herle et al.’s previous work.
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Figure 2.20 Process flow diagram of a solid oxide fuel cell system fed with sewage biogas (J.

Van herle et al. 2004)

This study concerns with the investigation on input parameters selection of reforming
condition (S/C ratio) and air excess ratio. The minimum steam quantity required and can be

determined form thermodynamic equilibrium concentration calculation as shown in Figure 2.21.



36

LI|I'IIII lIlIIlIll'I]LI W
\ 1 1

- H i — 1.0
144 R
J BT h
1.2 34... ~a 3;
1.0 44
—~ 1 carbon
:é 0.8 ] deposition
g ]
A ]
5 0.6 e e GIQ
§  SETTIIID TR veousd
0.4 x
; ! Ty
0.2 . -
1
0.0-:."& L] L] L] L] T T L] L A ¥ LI 1 ‘: ¥ L L L] i 'E";- L 1: "‘l“.ulnl 1] }‘—0.2
300 400 500 600 700 800 900

Toin O
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and oxygen-to-methane (O,/CH,) above which no carbon deposition takes place

thermodynamically (J. Van herle et al. 2004)

At 800°C, the minimal S/C ratio is 0.37. Thus, the safety factor of S/C ratio is chosen at 0.5.
From the input of biogas (63%CH,) is equivalent to 269 kW (HHV). The electrical output of the
SOFC was calculated to 131 kW (48%) using S/C ratio = 0.5.

P. Piroonlerkgul et al. (2008) studied on the fuel processor appropriation for biogas-fuelled
SOFC system which is air-fed, steam-fed and co-fed SOFC as shown in Figures 2.22-2.24.
Biogas was fed at different biogas compositions. Main reaction on reforming reaction is dry
reforming. Steam was added for steam reforming on stem-fed SOFC system. Air was fed along
with biogas for partial oxidation. The power density and electrical efficiency was investigated.
The open circuit voltage (E) can be calculated from the Nernst equation as following in Equation

(2.18).

P PlIZ
g=p® + RLy| 70 (2.18)
2F | Pyp

The actual cell potential (¥) is calculated from Equation (2.19). The loss of cell can be

consisted of ohmic loss (7,,,), activation 10ss (77,4, ) and concentration loss (77, )-
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(P. Piroonlerkgul et al. 2008)

Those works use SOFC type to run biogas because of ability to tolerate .ﬁlel
contaminants. The studies on the SOFC system are based on thermodynamic. The SOFC
performance associated with heat loss and electrical energy output of the SOFC. Previously, J.
Van herle et al. worked on the partial oxidation for fuel processor and then changed to steam
methane reforming which apply to use in the experimental. Results of P. Piroonlerkgul et al.
(2008) prefer steam methane reforming because it offers high power density.

From literatures, the SOFC system normally has afterburner attached with the heat
exchanger and preheater. They cloud achieve higher performance and reduced heat losses which
occur in the SOFC system. Our study on the mathematical modelling of the solid oxide fuel cell
by using biogas does not have an afterburner. Thus, the overall SOFC system may loss most

performance to heat loss.



CHAPTER 3

EXPERIMENTAL PROCEDURES AND RESULTS

The SOFC system mainly comprise of CO, absorption unit, reformer for hydrogen
production and SOFC stack as shown in Figure 3.1. This study has investigated the mass and
energy conservation of SOFC system by using a computer program for developing an empirical
modelling of the sub-units of the SOFC system.

A primary fuel for the SOFC system is biogas. In the first unit, CO, removal is carried out
using NaOH solution for a chemical absorption process to remove CO, form biogas. Thus, it still
remains methane only. CO, absorption experimental has been investigated at various %CO,/CH,
by vol. at the inlet of CO, removal. Then, the experimental data and results were supplied into the
computer program to model the mass and energy input and output of this unit.

The next unit is a reformer unit. It is used for hydrogen production to convert methane to
hydrogen to supply as fuel to the SOFC. Methane and steam react on the steam methane
reforming process. The empirical model of the reformer is investigated on hydrogen production
which depends on the operation temperature at 650°C — 850°C. Heat is supplied by furnace using
LPG as the combustion fuel. At the outlet of reformer unit, the product gases need to cool down
to room temperature before feeding into the SOFC.

The last major unit, the SOFC operates at 920°C. On the experimental, it is supplied with
hydrogen as a fuel at various flow rates to investigate the power output at different current-
voltage drop of 1 kW electrical output of SOFC.

The energy conservation for all sub-unit are determined whether they worthwhile or not

for the SOFC system using biogas.
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3.1 CO, Removal

The first unit of the SOFC system is CO, removal. It is a fuel processing to treat biogas by
removing CO,. In this study, it is focused on the chemical absorption by using sodium hydroxide
(NaOH) solution. This solution is a kind of aqueous solution. It is convenient and cheap to use in
a pilot scale. Basic chemical reaction of CO, and aqueous salt solution is represented by the

following reaction.

HCOGgqy + OH{gq) = CO3(aq) + H20q) 3.2)
2Nayq) + Cog(_aq) = Na;C05(qq) (3.3)

Overall Coz(g) + ZNGOH(aq) = N02C03(aq) + HZO(I) AH = -107.52 kJ/mol CO,; (3.4)

Products of the absorption reaction are disodium carbonate (Na,CO,) and water (H,0). This
is exothermic reaction which releases thermal energy. Heat absorption usually takes place at

about 55 °C.

3.1.1 CO, Absorption Unit
The CO, absorption unit diagram is shown in Figure 3.2. The absorption column is 4
inch in diameter packed with raschig ring packing of 1.5 m high to increase the surface area of
gas-liquid contact. The absorption column is designed for a counter flow pattern. At the top of the
column locates a spray nozzle to spray solution into the column. NaOH solution tank supplies
and receives absorbed solution in the experiment. Gas and liquid flow rates are calibrated using
air and liquid rotameters. The CO, analysis is carried out using a gas chromatography (GO)

which measures the CO, concentration from collected gas.
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Figure 3.2 CO, Absorption unit

3.1.2 Experimental Procedure

The experiment setup is shown in Table 3.1. This experiment used synthesis gas
between CO, and air as a simulated biogas. Various concentrations of the mixed gas can be
quantified using a GC. Then, each gas flow was adjusted at 10 /min to mix in the line to be 20
Vmin and to flow into the column as shown in Figure 3.2. The mixed gas was left blending for 15
minutes. For aqueous solution, 6000 gram of NaOH is prepared with 50 litres of water to obtain 3
molar concentrations. The solution is pumped up to the top of the column-at 10 /min and sprayed
into the column. Mixed gas and NaOH solution are flown in the opposite directions. A chemical
reaction between CO, and aqueous salt solution occurs in the packed bed column. After the
solution is used in the reaction, it flows back to the NaOH solution tank and is circulated until the
concentration of NaOH solution decrease to the level that cannot absorb CO, anymore.

The experimental product gases obtained from the reaction are collected every 15
minutes and analysed using a GC to identify the concentration of gas compositions until CO, can
be detected. The pH of the aqueous solution was checked using a pH paper. Before starting the

experiment, the pH is 14. If CO, occurs in the product gas, the pH of the solution is changed.
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Table 3.1 Experimental condition of CO, removal

Gas Aqueous (NaOH)
Case CO, Inlet Flow rate | Inlet pressure | Concentration | Volume | Flow rate
(% by volume) | (/min) (Bar) ) ™M) m (V/min)
1 45 20 1.0 3 _ 50 10
2 55 20 1.0 3 50 10
3 60 20 1.0 3 50 10
4 70 20 1.0 3 50 10

The results from the experimental are shown in Figures 3.3-3.6. They showed the
details of the absorption duration in various concentrations of CO, at the inlet and the pH value.
The absorption duration is counted from the beginning until the last point of 0%by vol. of CO,

concentration at the outlet.
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Figure 3.3 Relationship between CO, at the outlet and pH with time at 45%CO, by vol.
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Figure 3.4 Relationship between CO, at the outlet and pH with time at 55%CO, by vol.
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As shown in Figures 3.3-3.6, the %CO, by vol. at the outlet and pH value is changed

in the same characteristic. While GC detected CO, at the outlet, pH indicator which checks on the

NaOH solution was changed too.
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Figure 3.5 Relationship between CO, at the outlet and pH with time at 60%CO, by vol.
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Figure 3.6 Relationship between CO, at the outlet and pH with time at 70%CO, by vol.

From the experimental, the study of CO, absorption is applied to develop the

mathematical model in the next topic.

3.1.3 Mathematical Model of CO, Removal

Computer program, MATLAB Simulink is used to model mathematical of CO,
removal model. In this model energy and mass balance are focused. There are 2 parts in CO,
removal model which are CO, removal itself and NaOH solution pump. On the CO, removal,
beside the mass balance of the chemical absorption reaction, i§ looks for the consumption of
NaOH solution which reacts with CO,. On the solution pump model, it is the power input model
in which the pump consumes energy to pump up the solution into the absorption column.

To model CO, removal, the data which bring to use is in various %CO, by vol. of
biogas test results as shown in Figures 3.3-3.6. The conditions of the operation are 45 —70% CO,
by vol. at the inlet and 3 Molar of NaOH. This result is modelled for the consumption of NaOH
relating with %CO, by vol. of biogas, %CO, by vol. at the outlet and time. The assumptions of
this empirical model are;

- only methane output from the CO, removal
- ideal gas condition

- negligible pressure drop
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From the assumption, we can determine the mass flow rate of CH, from mass balance

of biogas as given in Equation (3.5).

Mpiogas = Mcn, + Mco, (3.5)

The NaOH consumption (kg/day) at 3 Molar of solution can be calculated by

following equation.

Naoﬂmm,,,fmxmo(min g ) (3.6)
Ico, 4

The heat of reaction in a chemical reaction given in Reaction (3.4) can calculated the

power input of CO, absorption as given in Equation (3.7).
Qchem = —107.52 kJ/molC0O; X ti¢o, (3.7

The CO, removal unit has a power input to NaOH solution pump. The work of the
pump depends on NaOH solution volume flow rate as shown in Figure 3.7 which measures the

current-voltage drop from the experimental.

Woump = IV (3.8)
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Figure 3.7 Relationship between NaOH volume flow rate and pump power
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3.2 Reformer Unit

A reformer is a unit which produce hydrogen from the steam methane reforming (SMR)
process. In this study, the model of the reformer supplied heat energy for the operation using a
furnace by heat transfer principle. Thus, the reformer unit can be separated into two parts which

are furnace and reforming reaction.

3.2.1 Furnace
The furnace is based on the fuel combustion which uses LPG as a fuel. This furnace
is a kind of porous burner which is packed with 25 mm spherical alumina (ALO,). The furnace is
220 mm in diameter and 600 mm high. The air input has 3 stages which are 1" air stage feeding
air at the bottom of furnace, 2™ air stage feeding air at 50 mm from the bottom and 3" air stage

feeding air at 300 mm from the bottom as shown in Figure 3.8.

Porous media with alumina

___________ o : Insulation

33 §é>
Compressed air supply NG

Figure 3.8 Porous burner diagram (Wittaya W.)
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3.2.1.1 Experimental Procedure
Air is supplied at 4 bar for LPG combustion which is investigated on the
amount of excess air at 85% as shown in Table 3.2. In the experimental, rotameter was need to
control the volume flow rate of LPG and air. Grand Data Logger 2010 series is used to collect the
temperature from the experimental. There are 6 positions of thermocouple type K which are 80,
150, 230, 380, 440 and 510 mm high from the bottom of furnace;, respectively. When the
temperature is at steady state, the exhaust gas is measured using a gas analyser (TECHNOTEST

Type STARGAS 898) at the outlet of the furnace.

Table 3.2 Experimental condition

Flow rate of air

Energy input | Excessair Flow rate of fuel
(V/min)
(kW) (%) )] = - (Vmin)
Stage 1 Stage 2 Stage 3
10 -85 50 100 200 7
A/F ratio 15.6

3.2.1.2 Experimental Results
In Table 3.3, the exhaust gas emission was detected at 85% of excess air. The

exhaust gas composition is shown in Table 3.3 which is CO, CO,, O,, and HC, respectively.

Table 3.3 Emissions result

Emissions (%Vol.)

%Excess air
Cco €O, 0, HC (ppm)

85 0.027 4.65 13.61 3

Heat energy of the exhaust gas is calculated from exhaust gas composition.

Hydrocarbon (HC) is neglect because it is very less value.

At 85% of the excess air, the experimental result shows the temperature at
each positions of the furnace and includes exhaust gas at the outlet as shown in Figure 3.9. The

temperature result decreases slightly from 1" position of temperature sensor (T1) to temperature
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sensor at the outlet of the exhaust gas (Texhaust). T1-T3 are at high temperature greater than
1000 °C as a result of near stoichiometric combustion. Between T3-Texhaust, temperature reduce

due to heat loss to the reformer.

1200

1000 — o~

v e
2 600
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-
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71 T2 T3 T4 TS T6 Texhaust

Temperature sensor position

Figure 3.9 Temperature distribution inside the furnace at 85% excess air
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Figure 3.10 Temperature distribution along vertical location for different reactant gas flow rate

Figure 3.10 shows temperatures inside the reactor of reformer which receives

heat from the furnace. These results vary with volume flow rate of reactant.
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3.2.1.3 Mathematical Model of the Furnace

In this study, the heat energy of LPG combustion and heat loss from the
exhaust gas were focused on. The assumption of the furnace for the mathematical model is;

- the reactor is assumed as the heat exchange unit

Qexhaust Exhaust gas

/ |\co,,co CHa, H;

Reformer

0.0,
954

oy i FETET]
TS

QLPG T LPG+AIR

Figure 3.11 Furnace Diagram

Heat energy of LPG combustion can be calculated from lower heating value of LPG

(LHVp¢) as the following equation

QLpg = Mppg X (LHV pg X 1000) X %N combustion (3.9

From Figure 3.11, Qexhaust 15 the heat energy of exhaust gas which can be defined as
heat loss of the furnace. Heat loss can be calculated from Equation (3.10) by using exhaust gas
emission results from Table 3.3. This result is used to calculate the mass flow rate of the exhaust

gas see Equation (4.2) in chapter 4.

Qexhaust = mexhaust X ch exhaust(Tout - Tin) (3-10)

Heat from the combustion is transferred to the reformer which is inside the furnace.

Heat energy is used in the steam methane reforming and water gas shift process to produce
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hydrogen. Equation (3.11) is the energy balance between furnace and reformer including heat

loss at wall.

QLPG o= Qrefarmer + Qexhaust + Qwall (3.11)

3.2.2 Reformer
Reformer is an appliance used in the hydrogen production process. In this process,
methane is converted to hydrogen by steam methane reforming process (SMR). In the SMR

process, Ni/ALO, catalyst is used in the reaction as shown in Reaction (3.12).

SMR : CH,+ H,0 - CO + 3H, AH = +206.1 kJ/mol CH, (3.12)
Water-gas shift CO+ H,0—=CO,+H, AH = -41.15 kJ/mol CO (3.13)
Overall CH, + 2H,0 — CO; + 4H, AH = +165.0 kJ/mol CH, (3.14)

For the SMR products, CO reacts with H,O in the water gas shift reaction as shown in
Reaction (3.13). Therefore, the overall reaction in the reformer unit is shown in Reaction (3.14)

which is based on the endothermic reaction.

3.2.2.1 Experimental setup (Khemthong, B. 2009)

A drawing of the SMR experiment is presented in Figure 3.12. The reformer
was located inside an electrical furnace. To produce a simulated biogas, CH, and CO, were
mixed together by using a mass flow controller. Water was vaporized at the preheating zone
inside the furnace and then mixed with simulated biogas prior to entering a reforming reactor.
The steam was mixed with methane at a certain molar ratio or called S/C ratio. It was varied from
two moles of steam per 1 mole of methane to six moles of steam per mole of methane. The
reactor configuration used in this experiment, as shown in Figure 3.13, was a stainless-steel tube
(inner diameter = 15 mm, length of packed bed = 150 mm). Alumina beads were packed in the
reformer to generate a uniform flow inside the reactor. Ni/ALO, catalyst from Alfa Aesar was

used in this experiment.
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Furnace

Condenser
H,0

Figure 3.12 Diagram of the experimental apparatus

Glass wool

Pre-heating Zone

Simulated ——
Biogas —

> Reformate

—»  gases
-

< 1Sam s
Ni/AlL, O, + Ceramic chips

Figure 3.13 Schematic diagram of the reformer tube

The temperatures inside the reactor were measured and monitored
continuously at the center and at the wall of the reformer tube using K-type thermocouples. To
observe the temperature profile, three K-type thermocouple wires were inserted in the reformer
bed at the inlet of the bed, 3.75 mm and 11.25 mm along the bed length. Beside those
thermocouples, another K-type thermocouple was placed at the outer wall of the reformer to
measure the actual operating temperature of the reformer.

Flow rates of CH,, CO,, N,, and H, were controlled by using mass-flow
controllers (MFCs), while a flow rate of water was controlled using a syringe pump. Moisture in
the product gas was removed by means of a condenser. The compositions of dried reformate gas
were analyzed using a gas chromatography technique (Shimadzu model GC-14B using a Porapak

Q column). H,, CO, CH,, CO,, and N, were detected using the TCD using argon as a carrier gas.



3.2.2.2 Experimental Results

methane reforming and water gas shift reaction from Reaction (3.14). At high temperature which

is greater than 800°C. %Mole fraction of H, reach 80% and CO, reach 20%. Thus, %mole

fraction total of product is equal to 100%. Reactants are not found.

Figure 3.14 shows the equilibrium condition for the overall reaction of steam

100
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Temperature (°C)

o A= CH4
co@ees H20
—— H2

- &= CO2

Figure 3.14 Equilibrium %mole fractions for the overall reaction of steam methane reforming

reaction from Reaction (3.12). There is %mole fraction of H, = 75% and CO = 25%. Therefore,

and water gas shift reaction

Figure 3.15 shows the equilibrium condition of steam methane reforming

%mole fraction total of product is equal to 100%. CH, and H,0 are equal to 0%.
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Figure 3.15 Equilibrium %mole fractions for the steam methane reforming reaction
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Figure 3.16 Equilibrium %mole fractions for the water gas shift reaction
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Figure 3.16 shows %mole fractions in the equilibrium condition of the water

gas shift reaction from Reaction (3.13). At stoichiometric ratio, it is founded that CO has more

%mole fraction when temperature increase. On the other hand, %mole fractions of CO, go down

with increasing temperature.

From the experimental results, the relationship between reformate gas and

operation temperature in several S/C ratios are shown in Figures 3.17-3.20. The operation
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temperature of the reformer were between 650°C -850°C at the S/C ratios of 2, 3, 4.5 and 6,

respectively.
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Figure 3.17 Composition of reformate gas as a function of temperature at constant S/C ratio = 2
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Figure 3.18 Composition of reformate gas as a function of temperature at constant S/C ratio =3
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Figure 3.19 Composition of reformate gas as a function of temperature at constant S/C ratio = 4.5
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Figure 3.20 Composition of reformate gas as a function of temperature at constant S/C ratio = 6

Results from Figures 3.17-3.20, H, is a product gas which is similar to the

equilibrium condition in Figures 3.14-3.15. CH, results is also relate to the equilibrium condition.

It is close to zero because CH, is converted to H, product. Therefore, H, and CH, results agree

well with those determined from the equilibrium condition.
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Figure 3.21 Tendency of %CO mole fraction results on S/C ratio

From SMR reaction Reaction (3.12), if S/C ratio is higher, it means mole
fraction of CH, is lower or lean. Thus, mole fraction of CO decreases as observed in Figure 3.21.

Relationship between CO and CO, from Figure 3.17-3.20 can be explained
from Figure 3.16 as mentioned before. Mole fraction of CO decreases when S/C ratio increases as
shown in Figure 3.21. CO/CO, mole fraction ratio also decreases with decreasing S/C ratio. Thus,
space between CO line and CO, line after cross section reduce following S/C ratio.

The relationship between reformate gas composition and S/C ratio from the
experimental results is applied to empirical model for computer program of the reformer unit as

mentioned in the next topic.

3.2.2.3 Mathematical model of reformer
To compare the results, a set of equations were calculated from the reformate

gas compositions of the simulated biogas (BG) and the synthesis gas (SG) (Kolbitsch et al. 2007).
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These are the conversion of CH,

Xey =1__yM (3.15)
Yen, .86 " Ye
The conversion of CO,
Xg, =1-—2059__ ‘3.16)
Yco,.86 " Yc
And the H, yield
A L
O 3B.17
Yen, 86" Ve
Where
Ye = Yen,s6 T Veo,s6 T Vcose (3.18)

The conversion from Equations (3.15)-(3.16) is used to calculate heat energy
used in steam methane reforming and water gas shift processes as shown in Equation (3.19).

AH gz and AH,,; are the heat of reaction from Equations (3.12) and (3.13), respectively.

m
=[(X cu,*AH ggp) + (X o, % AH 6 )]% T (3.19)

Qreforming
My,

Equation (3.20) is used to calculate the heat energy of water-steam in the
reformer. The first line of the equation is the heat energy which was used for an increase of
temperature form normal temperature (NT) to boiling point (BP). The second line is the heat
energy of latent heat which converts water to steam. The third line is the heat energy which is

used from boiling point to reformer operation temperature.

‘Qpoiter = [Mu,0 X Qsensivie water X Tici, X S/C X (Tpp — Tnr)]

+[MH20 X Qiatent X Ny, X S/C]

+[MH20 X Qsensible steam % ﬁcm xS / C X (Treform - TBP)] (3.20)
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The heat energy of the reforming process and water-to-steam production is

the net energy used in reformer unit as shown in Equation (3.21).

Qreformer = Qreformtng + Qboiler (3.21)

The temperature of the reformate gas is reduced to the normal temperature at
the outlet of the reformer unit, before feeding into the SOFC stack. Thus, the heat loss occurs in

this step. Then, we can calculate the heat loss as in the following Equation (3.22).
Myreformate gas = M, + Mco, + Meo +Men, (3.22)
Qloss,reformate gas = mreformate gas X (hreform - hNT) (3.23)

Figure 3.22 showed the heat energy diagram which occur in the reformer unit.
As mentioned before, the furnace and the hydrogen production unit or reformer, are called the
reformer unit. The furnace is the energy input appliance for the reformer to produce hydrogen.
There are heat transfer occurred between both of them as shown in Figure 3.22. Besides, there are
heat loss occurred which are heat loss due to wall, heat of the exhaust gas, and heat loss of

reformate gas.
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Figure 3.22 Furnace and reformer heat energy diagram
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3.3 SOFC

SOFC is an energy conversion device which is based on an electrochemical reaction. This
study was investigated the production of 1 kW electrical output of SOFC. The SOFC in this study
is a tubular solid oxide fuel cell as shown in Figure 3.23. And the specification of SOFC bundle

is shown in Table 3.4.

Fuel Electrode

Figure 3.23 Tubular solid oxide fuel cell (S.C. Singhal. 2000)

Table 3.4 Specification of the 1 kW electrical output of SOFC

Specification Amount
Total amount of SOFC 500 cells/bundle
Electrical power output 2 W/ceil (1 kW/bundle)
Series connection 25 Cells/row
Parallel connection 20 row/bundle
Diameter of cell 5mm -
Length of cell 16.5 mm
Utilization of hydrogen _ 60%

3.3.1 Experimental Procedure
First, the start-up process, the SOFC bundle is needed to be heated up by electrical
heater until reaching the operation temperature at 920°C. There were three electric heaters which

were controlled by a proportional-integral-derivative (PID) controller box. This SOFC bundle is
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fed with O, which is reactant of the reaction from air atmosphere. Air is conducted using an
electrical fan under the SOFC tubes. While the SOFC is heated up, N, is also fed into the SOFC,
After the temperature of the SOFC tubes reaching the temperature operation required, the
temperature is controlled at steady state at 920°C. Next, hydrogen is fed into the SOFC to react
with O, to produce electricity. An electronic load is used to pull electrical power by an addition
of current. Then, the voltage drop of the SOFC was measured using 'a multi-meter. In the study,

hydrogen is fed at 25, 30, 35, 40 and 45 /min, respectively.

3.3.2 Experimental Results
The experimental results are shown in Figures 3.24-3.28. They are the relationship
between current-voltage and power output from the SOFC at 25, 30, 35, 40 and 45 U/min of

hydrogen flow rate, respectively.
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Figure 3.24 SOFC performance at 25 I/min of hydrogen
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Figure 3.25 SOFC performance at 30 Umin of hydrogen
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Figure 3.26 SOFC performance at 35 I/min of hydrogen
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Figure 3.27 SOFC performance at 40 I/min of hydrogen
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Figure 3.28 SOFC performance at 45 V/min of hydrogen

Hydrogen flow rate and electrical energy output is applied for use as an empirical

model in a computer simulation.
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3.3.3 Mathematical model of SOFC

Reformer products are fed into the SOFC at room temperature up to the operation
temperature. Thus, heat energy occurred by transferring the heat energy of the SOFC to reformate

gas as shown in Equation (3.24).

QSOFC = mfrefarmate gas X (hsensible, reformate gas — h-reform) (3-24)

Electrical output of the SOFC can be calculated from the empirical model which
depends on hydrogen volume flow rate at the inlet and addition of current to the SOFC. Then, the

electrical voltage can be defined to calculate electrical output as shown in Equation (3.25).
POWGTSOFC =VI (325)

The efficiency of the SOFC can be determined by the following Equation in which
the electrical output or power output of the SOFC is derived from the mass flow rate and lower

heating value (LHV) of hydrogen.

Powergpe

0 (3.26)
Msore = o % LHV .



CHAPTER 4

MODELLING RESULTS AND DISCUSSION

4.1 Mathematical Modelling Program

This study has used MATLAB Simulink Program to simulate the empirical model of the
SOFC system which comprises of CO, removal, furnace, reformer, and SOFC models as shown
in Figure 4.1. In each sub-unit, there are three functions which are (1) input data as shown in
Figure 4.2, (2) the empirical model and (3) output result. The first unit is the CO, removal unit
which absorbs CO, from biogas. The CO, removal model has the mass flow rate of methane as
the output. The mass flow rate of CH, is transferred to the next unit which is a reformer. The
reformer unit used the empirical data to determine the reformate gas by following the condition
of steam-methane (S/C) ratio and operation temperature. Heat energy is used in the steam
methane reforming and water gas shift of the reformer. This heat is received from the furnace
which uses LPG as fuel for the combustion. Hydrogen product of reformate gas is required for
the SOFC model to investigate electrical energy output of the: SOFC. The empirical model of
electrical energy output of the SOFC can be separated by hydrogen flow rate. Thus, hydrogen

mass flow rate of reformate gas is significant for the SOFC model.

m_H2 »im_H2 Power_sofc—
m_CH4 CH4 871
_{ »m_
0.6371]
CO2 Removal h_product »{h_reform  eff sofc— Display1
Reformer SOFC
1_avg. K
L 1126]
T_exhaust 7128 |K
Cp_exhaust
m_exhaust
Q_exhaust
QLPG
Furnace

Display2

Figure 4.1 Mathematical modelling of the SOFC system
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Figure 4.2 Block parameter

The empirical model used a function of look up table in the MATLAB Simulink program.
The experimental results were fed into this function. Then, it can be determined the results from
the input parameter in the empirical model. Details and results of the SOFC system are described
in the following topic. The components in each model are explained. The energy usage for each

unit is investigated.

4.2 CO, Removal Modelling
The mathematical of CO, removal is explained in the early chapter. It composed of CO,
absorption period, the heat of reaction of CO, absorption, the consumption of NaOH solution and

pumping power.
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Figure 4.3 Mathematical modelling of CO, removal

Figure 4.3 shows the mathematical model of CO, removal. The absorption time of CO,
removal was determined from the empirical model which depends on the %CO, by vol. at the
inlet. Heat energy for the chemical reaction of CO, and NaOH solution can be defined by the heat

of reaction as shown in Reaction (4.1).

CO,g) + 2NaOH(qq) = Na;CO3(aq) + H0qy AH =-107.52 kJ/mol CO, (4.1)

NaOH solution is prepared from solid NaOH. The condition of the empirical model is set
that NaOH at 3 molar was used. The consumption of NaOH from the absoption time can be
determined.

NaOH solution pump fed the solution into the absoption column. The power input for

pump was determined from the empirical model of solution pump.
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4.2.1 CO, Removal Modelling Results
First, the result of the empirical model was compared with the calculation of the
absorption limit time as shown in Figure 4.4. The absorption limit time is defined as the
absorption duration of CO, which is counted from the beginning until the last point of 0%by vol.
of CO, concentration at the outlet. The operating condition is set at 1 bar, biogas inlet at 20 I/min

and 3 molar of NaOH volume flow rate at 10 /min.
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Figure 4.4 Relationship between absorption limit time and %CO, at the inlet

From Figure 4.4, the absorption limit time decreases when increasing %CO, at the
inlet. The empirical and theoretical results have the same path. The %CO, at 45 and 50% are
different from the theoretical calculation, which may be caused by the CO, collection for
measurement from the experimental which collected the output gas every 15 minute. If the CO,
composition in biogas is high, 3 molar of NaOH solution is running out quickly.

In Figure 4.5, the same cause occurred at 45 and 50%CO, at the inlet. This figure
shows the results of NaOH consumption. If biogas has high composition of CO,, the consumption

of NaOH is high too.
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Figure 4.5 Relationship between NaOH consumption and %CO, at the inlet

Figure 4.6 shows the chemical energy input which was used in the chemical
absorption. At 45%-70% of CO, composition of biogas at the inlet, they use heat energy for the

reaction between 600-1000 W referred to standard condition.
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Figure 4.6 Chemical energy input for removing CO, from biogas at 10 I/min of NaOH solution
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The empirical result of electrical power input of NaOH solution pump is shown in

Figure 4.7.
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Figure 4.7 Relationship between electrical power of pump and NaOH solution vol. flow rate

Figure 4.8 shows the total energy input for the CO, removal unit which operated at 20
V/min of biogas at the inlet and NaOH solution flow rate at 10 I/min. Therefore, the CO, removal

unit in this condition uses energy input at 850-1100 W following %CO, at the inlet.
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Figure 4.8 Relationship between total energy input of the CO, removal and %CO, at the inlet

4.3 Furnace Modelling
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The furnace transfers the heat energy to supply to the reformer unit. The furnace model
composed of the mathematical model of heat energy of LPG combustion and heat loss of the
exhaust gas as shown in Figure 4.9. The exhaust gas product is determined to investigate heat

energy of the exhaust gas at the outlet of the furnace.

EMf of combustion Q_Burmer
»

l\v

m_exheust

Figure 4.9 Mathematical modelling of furnace

Air used in the LPG combustion is calculated the pump power at 4 bar pressure inlet. The
mass flow rate of the exhaust gas is determined from the empirical model of the exhaust gas. This
empirical model is obtained from the experimental results which measure in %vol. of the exhaust
gas. The mass flow rate of exhaust gas comprised of CO, CO, and O, as shown in Equation (4.2).
This equation is used for calculating the heat energy of the exhaust gas model. Hydrocarbon is

neglected because it is very small amount at the output.
Mexhaust = Mco + mcoz * Thoz (4.2)

The efficiency of the furnace is calculated from heat usage in the reformer and heat of LPG

combustion as shown in Equation (4.3).

Qre former
1 furnace = _QL_- %100 (4.3)

LPG
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4.3.1 Furnace Modelling Results
In Figure 4.10, it shows the energy results at 5% excess air from the empirical
models which are heat energy of LPG combustion, heat energy of the exhaust gas, and pumping

power of air. The pumping power of air is the work done by pressurizing air at the inlet.

12.00

10.00

8.00

6.00

4.00

Furnace Energy (kW)

2.00

0.00

Qlpg Qexhaust Ppump_air

Figure 4.10 Energy on the furnace unit at 85%excess air of the LPG combustion

Heat energy of LPG combustion is the heat energy transferring to the reformer unit. It
is about 10 kW energy input of the furnace. Heat energy of exhaust gas is a kind of heat loss of
the furnace. From the experiment heat loss is-about 5 kW.

Figure 4.11 shows the heat energy balance of the LPG combustion as mentioned in
chapter 3 (Equation (3.11)). Heat energy of LPG is equal to 100% which can be separated into

heat energy of exhaust gas, heat loss due to wall and heat energy of reformer.
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Qexhaust

44%

Figure 4.11 Heat energy balance of the LPG combustion

Heat loss from the exhaust gas and wall are estimate about 44% and 27%,
respectively. Heat usage in the reformer is equal to 29% the heat of LPG combustion. Thus, the

efficiency can be calculated which equals to 29%.

4.4 Reformer Modelling

The mathematical model of reformer comprised of; the reformate gas empirical model, the
heat energy of reformer, the heat energy of boiler and heat loss at the outlet of reformer as shown
in Figure 4.12. The heat energy of reformer calculated from the heat of reaction of stream
methane reforming and water gas shift reaction. Steam is used as the reactant in both reactions. It
needs heat energy to convert from water to steam at operation temperature. Thus, this energy is
investigated as the heat energy of a boiler. After the reforming process is completed, the
reformate gas has to be cooled down to the normal temperature before feeding into the SOFC.

Therefore, the heat loss from the cooling down process can be calculated.



75

.

m2

(]
CAMIVON)

223
38 %

‘mam flow

-

=]
Powee_toler | -m i
Power
Sl

Figure 4.12 Mathematical modelling of reformer unit

4.4.1 Reformer Medelling Results
The energy conservation of reformer results following the S/C ratio is shown in
Figures 4.13-4.16. They are heat energy of reformer (Qrefoming), heat energy of water
(Qpoiter), heat loss at the outlet 9. forming and Qpoiter are energy consumption unit and
Quoss is a waste energy in the reformer. The energy is calculated from the composition of
reformate gas given in chapter 3. In Figures 4.13-4.16, there are slight increases in 3 lines of

energy following an increase in temperature.
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Figure 4.13 Relationship between energy conservation of reformer and temperature at S/C=2

In Figure 4.13, the dotted line has the highest the energy consumption. The heat
energy of water is the solid line which is lower than the dotted line. It is at about 1 kW. The
broken line has the lowest energy consumption. The heat energy of reforming process has a high
energy consumption at S/C ratio = 2.

However, from Figures 4.14-4.16, they are different in order of energy. The heat
energy consumption for water is the highest consumption. Next below is the heat energy of

reformer and the heat loss, respectively.
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Figure 4.14 Relationship between energy conservation of reformer and temperature at S/C=3
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Figure 4.16 Relationship between energy conservation of reformer and temperature at S/C=5

When the results are compared with the S/C ratio, the high S/C ratio number has
taken greater amount of energy. Especially, the heat energy of water consumed more energy to
convert water to steam. If S/C ratio is a high the amount of water in the reformer system is high
too. Other energies are slightly increased following the increase of S/C ratio.

In Figure 4.17, it is the relationship of reformate gas at the output of the reformer and
the reformer operation temperature at 650, 700, 750, 800 and 850°C, respectively. The hydrogen
production was investigated at S/C ratio = 3, because this ratio is the excess of water value which
use less energy consumption for the reformer. The reformer must have has enough steam for the
steam methane reforming and water gas shift process.

Considering the hydrogen production from Figure 4.17, the low operation
temperature is given for the high hydrogen product. For example, at 650°C 62.19% of hydrogen
can be produced. If the operation temperature is increased, the hydrogen product is decreased.
These conditions of the reformer can produce hydrogen not less than 50% at the temperature

between 650-850°C.
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Figure 4.17 Chemical compositions of reformate gas results at S/C ratio = 3
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4.5 SOFC Modelling

This model is an empirical model of the 1 kW electrical output of the SOFC as shown in
Figure 4.18. The input of this model is mass flow rate of hydrogen obtained from the previous
unit and current input to find the voltage drop in the SOFC and investigate the electrical power
output of the SOFC. There is the heat energy in which the refonna(e gas receive from the heat

input of the SOFC. The utilization of hydrogen on this unit is 60%.

Figure 4.18 Mathematical modelling of the SOFC unit

4.5.1 SOFC Modelling Results

These results are set for the operation of 45% CO, by vol. composition of biogas. The
reformer was operate at 85% excess air of furnace with S/C ratio = 3. The SOFC operated at
920°C. The result of the electrical power output is not reach 1 kW electrical output of the SOFC
as shown in Figure 4.19. The SOFC unit is supposed to produce of 1 kW electrical output but the
real electrical output was about 0.5 kW only. The similar electrical power output may occur at
equilibrium of the reaction between hydrogen and oxygen.

The actual cause of underperformed result is due to cracking of the cells inside the
SOFC bundle. When the SOFC was disassembled, the crack was found. This reason makes the

electrical power output less than the 1 kW electrical output specifications.
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Figure 4.19 Electrical power output of the SOFC system

4.6 The SOFC System Results and Discussion

This is the overall energy consumption of the SOFC unit as shown in Figure 4.20. It uses the
same condition with the pilot scale of the SOFC system detailed as follows; 45%CO,
composition of biogas at the inlet, 10 kW furnace at 85% excess air, 650°C of reformer operation

at S/C ratio = 3 and 920°C SOFC operation.
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Figure 4.20 SOFC system flowchart
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In Figure 4.21, the energy consumption is separated into sub-units of (a) CO, removal, (b)
furnace, (c) reformer, and (d) SOFC, respectively. First, (a) the CO, removal has 2 parts of
energy consumption which are 26% of electrical power of pump and 74% of chemical energy.
Second, (b) the furnace produces 10 kW of LPG combustion, it can be estimated as 82% of
energy on the unit. There are 29% heat energy of the reformer, 27% heat loss due to wall, and
44% heat loss from the exhaust gas as shown in Figure 4.11. Onl‘y 18% of energy from the
furnace is the pumping power of air. Next, (c) the reformer has the heat energy for the hydrogen
production and the steam production. These are followed by 34% hydrogen production and 42%
steam production. The heat energy loss from the reformer is equal to 24%. Finally, (d) the SOFC
unit has 3 sections which are the heat energy for hydrogen, the electrical power input for heater

and the electrical power output. The energy input of the SOFC is equal to 8%Qsorc and

92%Pheater-
Pump
(a) CO, removal (b) Furnace power
of air
18%

(c) Reformer (d) SOFC qsensible,

reformate
gas

Power
heater
92%

Figure 4.21 Energy consumption of the sub-unit in the SOFC system
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The electrical output is 4% from the total energy input in the SOFC as shown in Figure 4.22.

Other 96% is energy loss due to heat loss. The efficiency of the SOFC unit is equal to 7.53%.

\ Electrical
\ output
"\ 4%

Figure 4.22 Energy output of the SOFC unit

Figure 4.23 shows energy consumption of hydrogen production system. The hydrogen
production is comprised of CO, removal, fumace and reformer unit. It can be separated into 18%

of mechanical input and 82% of heat of reaction.

Mechanical
input '
18%

Figure 4.23 Energy consumption of hydrogen production system
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The output of this system is hydrogen. It is calculated as heat energy of hydrogen as shown

in Equation (4.4).

Qu, = My, X LHVy, (4.4)

Qhydrogen

45%

Figure 4.24 Energy output of hydrogen production system

Figure 4.24 shows energy output of hydrogen production system which is 45% heat energy
of hydrogen and 55% of heat loss. Heat loss is heat from the exhaust gas, cooling of reformate

gas at the outlet and heat transfer due to wall.

The overall energy input occurs in the SOFC system including chemical reaction,
mechanical input and heat input are represented in Figure 4.25. All the sub-units are based on a
chemical reaction. Thus, the chemical reaction consumed energy for the consumption of the
SOFC system as shown in this pie chart which is equal to 42% of all energy. The heat supplied
for the SOFC bundle about 48%. Only 10% of the energy consumption in the SOFC system is for

the mechanical input.
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Figure 4.25 Overall energy consumption of the SOFC system

The SOFC system has the energy loss about 98% which are heat losses from the furnace, the
reformer and the SOFC unit. The electrical power output from the SOFC system estimate only
2% from the overall system as shown in Figure 4.26. The heat loss from the furnace and reformer

unit can be recovered by preheating the reactant before feeding into the reformer.

Etotar input — Loutput = Ejoss (4.5)

Electrical
\ output
2%

Energy loss
98%

Figure 4.26 Overall energy output of the SOFC system



CHAPTER 5

CONCLUSIONS AND SUGGESTION

5.1 Conclusion and Suggestion

The energy conservation of the SOFC system has been investigated by using a computer
program. The empirical model of the sub-units is set from the real experimental results. These
results come from the pilot scale of the sub-units which are CO, removal, furnace, reformer and
SOFC. Therefore, the empirical model simulated the operation of the real SOFC system using
biogas fuel.

The CO, removal of the fuel processing for biogas consumes electrical power for pumping
NaOH solution only while heat from the chemical reaction is not high enough to preheat gases.
Thus, it can be neglected. On the other hand, the NaOH solution consumption is very high
following the %CO, in biogas because this unit cannot re-circulate NaOH solution. When NaOH
solution cannot absorb CO, anymore, it is discarded. Therefore the chemical energy of this
reaction has been taken into account.

A furnace is a heat supply for the reformer unit. It uses LPG as a fuel, but there is also'a heat
loss. If it can be used to preheat methane and water before feeding into the reformer, it will be
advantageous for the SOFC system. It can then reduce the heat energy consumption in the
reformer unit.

The hydrogen production unit, requires energy for the steam methane reforming and water
gas shift reaction. Also with H,O, it requires heat energy for convert water-to-steam. If S/C ratio
increases, the heat energy is consumed higher. There is a heat loss at the outlet of the reformer.
Therefore, it can be recovered for use in the system in a similar manner as energy loss from the
furnace. From the start until this process of the SOFC system, 1 kW H, production consumes 3.8
kW energy input.

For the final unit, the SOFC can produce only 0.53 kW of 1 kW electrical performance.
Because the problem of cell cracks inside the SOFC stack. The efficiency of the SOFC is equal to
7.53%. If the problem can be solved, the SOFC will achieve higher performance. This unit use
high electrical power heater. If the SOFC can use another heat supply source for example heat

from the furnace, it will reduce energy consumption of the SOFC unit.
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The SOFC system is waste the energy mostly through the heat loss 98%. The energy output
of the system is only 2% when compared with the energy input and the loss which occur in the

system. There is more to do on energy management of this SOFC system by using biogas to get

higher performance.
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Abstract

Biogas is used as a primary fuel and needed to be purified before entering to the hydrogen
reforming unit of a Solid Oxide Fuel Cell (SOFC) system. Carbon dioxide (CO,) is one of compositions
needed to be removed. In this experimental study for a pilot plant scale, a CO, absorption unit is used to
treat the gas mixture with sodium hydroxide (NaOH) solution. Normally, biogas contains about 50-60%
methane (CH,), 40-50% CO,. The quality of biogas depends on the concentration of CO,. Given that the
CO, mixture with air (simulated biogas) is treated in an absorption column in which the concentration of
NaOH solution is employed using the calculated values obtained from the chemical reaction theory with
CO,. The discussion of the results leads to an acceptable recommended CO, concentration and pH
ranges for the given process. This is used as a criterion for allowable concentration of CO, at 5%. The
CO, absorption unit is capable to operate within the designated operating condition. The experimental
results show that the concentrations of CO, have effected the CO, absorption operation. If the CO,
concentration at the inlet is high, the CO, absorption unit operation time will decrease. This study can
predict the limit of absorbent used to absorb CO, concentration in the synthesis gas or biogas itself.
Keywords: NaOH, CO,, Absorption, SOFC, Biogas

1. Introduction a solid oxide fuel cell to generate electricity [1-6]
Biogas is a source of renewable energy because solid oxide fuel cell can be operated
which is normally produced from waste in farm or using flexible hydrocarbon fuel. In our study, the

domestic animal. Biogas can be applied for use in solid oxide fuel cell system uses biogas as a fuel



and its needs to be reformed to hydrogen before
feeding into the SOFC. The main compositions of
biogas are methane, carbon dioxide and sulphur
dioxide. Before reforming, carbon dioxide should
be removed from the biogas composition to
reduce excessive concentration of carbon dioxide
which causes dilution of reaction and reduce
hence the concentration of hydrogen in the
reforming process.

The CO, removal is based on a chemical
reaction absorption by using alkaline salt solution
[7] in which the absorbent for carbon dioxide is
located in a packed bed column. Spray of
aqueous solution containing sodium hydroxide is
used for our carbon dioxide absorption.

The CO, removal application is studied to
optimize the carbon dioxide absorption process at
45, 55, 60 and 70 % of CO, concentration using
a gas chromatography to measure CO,
concentration at the outlet.

2. Experimental
2.1 CO, absorption unit

The CO, absorption unit diagram is
shown in Fig. 1. The absorption column [8-15] is
4 inch in diameter packed with raschig ring
packing of 1.5 m high to increase the surface
area of gas-liquid contact. The absorption column
is designed for a counter flow pattem. At the top
of the column locates a spray nozzle to spray
solution into the column. NaOH solution tank
supplies and receives absorbed solution in the
experiment [10). Gas and liquid flow rates are
calibrated using air and liquid rotameters. The
CO, analysis is carried out using the gas
chromatography (GC) which measures the CO,
concentration from collected gas.

2.2. Experimental procedure
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The experiment setup is shown in table 1.
This experiment used synthesis gas between CO,
and air as a simulated biogas. In various
concentration of the mixed gas can be quantified
using a GC. Then, each gas flow was adjusted at
10 l/min to mix in the line to be 20 I/min and to

flow into the column 'as shown in Fig 1.
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NaOH Solution Tank

Fig. 1 CO, absorption unit

Leave the mixed gas blending for 15 minutes. For
aqueous salt solution, 6200 gram of NaOH is
.prepared with 50 litres of water to obtain 3 molar
concentrations. The solution is pumped up to the
top of the column at 10 I/min and sprayed in to
the column. Mixed gas and NaOH solution are

flown in the opposite directions. A chemical



reaction between CO, and aqueous salt solution
occurs in the packed bed column. And then after
the solution is used in the reaction, it flows back
to the NaOH solution tank and is circulated until
the concentration of NaOH solution decrease
which cannot absorb CO, anymore.

Basic chemical reaction of CO, and
aqueous salt solution is represented by the

following reaction [7].

co

1 2NaOH

5 Na,CO

(aq) 3@+ H0

(Exothermic reaction) Eq. (1)

]

Products of the absorption reaction are
disodium carbonate (Na,CO;) and water (H,0).
This is exothermic reaction which releases
thermal energy. Heat absorption usually takes
place about 55 °C.

The experimental product gases obtained

from the reaction are collected every 15 minutes

Table 1 Experimental setup data
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and analyzed using a GC to identify the
concentration of gas compositions until CO, can
be detected. The pH of the aqueous salt solution
was checked using a pH paper [10]. Before
starting the experiment, the pH is 14. f CO,
oceurs in the product gas, the pH of the solution
is changed. ‘ )
3. Results and Discussion

Effects of CO, concentration on CO,
absorption are compared to identify the time limit
in which the absorbent can absorb CO, at each
rate. The results show both pH value and CO,
concentration (%) at the outlet with time on Figs.
2 — 5. Results from Fig. 2 show that the
absorption rate of CO, decreases when the
resident time of absorbent is increased to 3.15
hours. After at the CO, outlet in 15 minutes later
has increased at a slow gradient. In the end, CO,

outlet has increased with a rapid gradient.

Case 1 Case 2 Case 3 Case 4
Gas
CO, (% by volume) 45 55 60 70
Air (% by volume) 55 45 40 30
Flow rate (//min) 20 20 20 20
Inlet pressure (Bar) 1 1 1 1
Liquid (NaOH)
Concentration (M) 3 3 3 3
Volume () 50 50 50 50
Flow rate (I/min) 10 10 10 10
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Fig. 2 Relationship between CO, at the outlet and
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Fig. 3 Relationship between CO, at the outlet and
pH with time at 55/45 CO,/Air ratio

On the other hand, the CO, absorption
unit may use a pH indicator to check the
concentration of NaOH solution. The results show
that pH value decrease from 14, after 3.00 hours,
resident time at 55/45 CO,/Air ratio by volume.
pH line has rapidly decreased in a linear pattern
caused by a precisions measured from the pH

indicator as shown in Fig. 3.
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Fig. 4 Relationship between CO, at the outlet and
pH with time at 60/40 CO,/Air ratio
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In the case of 60/40 CO,/Air ratio has the
same behaviour as 45/55 and 55/45 CO,/Air
ratios. The pH value starts to decrease from 14
rapidly at 2.30 hours. In the same time, CO,

content at the outlet is found to increase.
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Fig. 5 Relationship between CO, at the outlet and
pH with time at 70/30 CO,/Air ratio

In the case of 70/30 CO./Air ratio, the
concentration of CO, at the outlet was measured
after 2.30 hours. Since, the gas collecting time
was set at 15 minutes interval, the CO, leaves
the absorption column during 2.15-2.30 hours.
The concentration of CO, at 70 vol. % was

obtained by interpolation at 2.23 hours.
35
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Fig. 6 Relationship between time and CO,
concentration at the inlet
The Y axis as shown in Fig 6. is time in
which the CO, content at the outlet is detected.

This relationship shows a trend of NaOH solution



which reaches a limit to absorb CO, in various
CO, concentrations at the inlet. The relationship
between time and CO, concentration at the inlet

is shown in Eq. (2).

TraoH/cco, = 0:0004Cco,® — 0.0747Cco,” +
4.1663Cco, —72. Eq. (2)

Where,

Taon/cco, - Limit time of NaOH solution on
CO, concentration at the inlet

Ceo, CO, concentration at the inlet

4. Conclusions
The CO, absorption in a packed bed
column is based on a chemical reaction between
CO, and NaOH. The results show a relationship
between time and CO, concentration at the outlet.
The results were compared with the CO,
concentration at the inlet, the limit time of
absorbent used to absorb CO, concentration in
the synthesis biogas or biogas itself can then be
predicted. In addition, the operation time of CO,
absorption unit is identified which use remove
CO, before reforming gas in the SOFC system.
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